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a particle acceleration 
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C experimental constant 
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-xi- 
$ sphericity 
r circulation 
p density 
u viscosity 
v kinematic viscosity 
v radial velocity of incoming air 
u angular velocity 
Subscripts 
ACT actual 
Bed bed 
CL center-line 
>c 
centrifugal 
CO core 
>d frictional 
e exit 
f fluid 
FB fluidized bed 
•XII 
G grid 
g glass 
gl glass in mixture one 
g2 glass in mixture two 
g3 glass in mixture three 
H heavy 
i local, incremental 
L light 
I across system 
MIN minimum 
mf minimum fluidization 
PB packed bed 
p plastic 
pi plastic in mixture one 
p2 plastic in mixture two 
p3 plastic in mixture three 
r radial 
-xiii- 
STP standard conditions 
s solid 
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ABSTRACT 
Three different operational aspects of a rotating fluidlzed bed 
were investigated experimentally. In the first set of experiments, 
the batch mode operation of a centrifugal fluidized bed was studied to 
determine the influence of parameters such as angular velocity, bed 
mass, air flow rate, particle size distribution and density on minimum 
fluidization velocity, bed pressure drop and bed expansion. The re- 
sults obtained are in good agreement with available theoretical models. 
The second study dealt with radial mixing of bed material in a cen- 
trifugal fluidized bed operating with continuous feed and removal of 
solids. Mixtures of known composition with different size distribu- 
tions and densities were used to determine the conditions of segrega- 
tion and stratification. The results were compared to a simple model 
which confirmed the experimental results. 
Finally, measurements were'made of the pressure drop in a confined 
rotating flow. This flow configuration is similar to that occurring 
in the freeboard region of the CFB. The dependence of pressure drop 
on air flow rate, angular velocity and exit area was determined; and 
the results were compared to a theoretical model of an irrotational 
confined vortex. 
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I.  INTRODUCTION 
Due to the energy shortages incurred by the United States in the 
early 1970's, considerable attention has been directed towards the de- 
velopment of new sources of energy (solar, wind,...); and interest has 
been renewed in some old sources, such as coal. In the United States, 
which has the second largest coal resources in the world, several new 
techniques have been devised for coal utilization and conversion. One 
of these, fluidized bed combustion (FBC), is a relatively new process 
for coal combustion. A conventional fluidized bed operates under the 
influence of the earth's gravitational field. This limits the air 
flow rate used and places constraints on the design and operation of 
the system. A centrifugal fluidized bed (CFB) consists of a cylindri- 
cal chamber rotating about its axis at different angular velocities. 
Coal is burned with limestone within the chamber. The gaseous prod- 
ucts are used for power generation. Due to the strong artificial 
gravitational field caused by the angular velocity imposed on the 
chamber, the coal and limestone are forced to the periphery of the bed 
forming an annulus of material on the wall of the chamber. Fluid- 
izing air flows radially inward against the bed, causing it to expand 
and behave like a liquid. The existence of the multiple "g" field 
permits the use of relatively large air velocities at minimum fluid- 
ization, thus providing operational advantages. Initial interest in 
this field emerged at Brookhaven National Laboratory [1,2] in the early 
1960's, where the first efforts to study the feasibility of rotational 
beds were made. Other research is being performed in England by Met- 
calfe and Howard [3] and at the University of Sheffield [4]. At Le- 
high University the research involves a thermofluld analysis of a CFB 
[5], a systems analysis of power cycles with fluidized bed application 
[6], batch pressure drop experiments by Martin [7] and continuous feed 
and removal studies by Raissi [8]. 
The advantage of a rotating bed lies in its operational flexibility. 
By changing the speed of rotation, the radial acceleration can be 
changed, which controls the minimum fluidizing velocity and particle 
entrainment. Due to high fluidizing velocities, a high rate of solids 
mixing in the bed is achieved. In addition, easier start up and com- 
pactness of the unit are also expected. 
In this investigation, a study was made of batch mode operation 
with special emphasis on the effects of particle size distribution and 
density on fluidization and bed expansion. The second phase of the 
work involved continuous bed operation with solids feed and removal, 
where a binary mixture of bed material was fed and mixing was studied. 
Finally, an investigation was made of the effects of exit port diam- 
eter, angular velocity and air flow rate on the freeboard pressure drop 
in a centrifugal fluidized bed system. 
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II. APPARATUS AND INSTRUMENTATION 
The fluidized bed laboratory contains several test sections for 
CFB study. Two units were used in this investigation, one of which 
operates as a batch system and the other with continuous feed and re- 
moval of bed material. 
A. Batch Operated Unit 
This test section consists of a cubical wooden plenum, containing 
the rotating assembly (Figure 1). The rotating chamber consists of an 
air distributor having the shape of a truncated cone with a 4° taper 
angle. This distributor is made of a layer of perforated sheet metal 
surrounded on the inside by a fine mesh screen, and on the outside by 
a canvas-like cloth. These three layers are stitched together so that 
no solids leak through. The height of this grid assembly is 157.2 mm 
with a diameter varying from 284 mm at the bottom to 306 mm at the 
top (Figure 2). The distributor is kept in place by the rotating bot- 
tom end wall and at the top by a rotating 12.7 mm thick plexiglass lid 
with a 153 mm diameter exit port. The grid fits into a groove on the 
lid. 
The air is supplied to the plenum by four 102 mm flexible tubes 
and is injected radially inward from four opposing directions. Two 
pressure taps are located on the air plenum, one at the top, the other 
on the side, thus allowing a continuous reading of the static pressure 
drop across the grid and the bed. 
B. Continuous Feed and Removal Unit 
The solid material is fed through a 12.7 mm OD hollow tube con- 
nected to the rotating bottom end wall of the test section. Once the 
material reaches the rotating chamber assembly, it is distributed 
radially outward to the bed through a 12.7 mm thick plexiglass dis- 
tributor plate with a 12.7 mm wide and 9.5 mm high channel. This 
plate is fixed to the bottom end wall of the chamber and rotates with 
it. The material is discharged from the chamber from three diametri- 
cally opposite pairs of discharge tubes. The flow area of the tubes 
and their penetration into the bed were treated as variables in the ex- 
periments. 
The channel carrying the material into the chamber is 90° out of 
phase with the discharge tubes to increase the residence time of the 
material. The grid used here was fabricated the same way as the grid 
used in the batch experiments although it has slightly different di- 
mensions. The material flowing out of the bed passes through a dis- 
charge pipe into a bin where it is collected. This bin is supported 
by three load cells, giving a continuous reading of the weight of the 
bin on a voltmeter. The material is removed from the bin through a 
150 mm x 150 mm door bolted onto the container. 
C. Air Supply 
The air used for fluidization is supplied by two Ingersoll-Rand 
reciprocating compressors, each with a capacity of 0.236 SCKS (500 
SCFM) at 690 kPa.    The air is initially delivered from the compressors 
to a receiver tank which in turn delivers it to the fluidized bed lab- 
oratory through a 100 mm 00 pipe. A muffler inserted in the pipe is 
used to suppress the sound created by the incoming air. The air is 
supplied to each test section through two different pipes, both con- 
nected to the inlet pipe (Figure 3). A pitot static tube is located 
in each pipe for measurement of the centerline velocity of the air in 
the pipes. The pressure signal from the pitot tube is read on a ma- 
nometer as a dynamic pressure. 
1. Batch Test Section 
This calibration was performed by Berger and Owen [9], who 
developed a relationship between the centerline velocity and the 
volumetric flow rate. A radial traverse of the pipe was performed at 
several flow rates and the following expression was established from 
the data 
Q ■ C * Ua f, (1) 
where C = 0.0066 m2. Taking into effect the change of density of the 
air inside the pipe, 
(2) PSTP 
. 
rSTP 
RTSTP 
PACT 
PSTP+AP1 
RTSTP 
<PAC1 •/PSTP) = (PSTp + AP, )/p5TP 
-6- 
(3) 
(4) 
Since 
Q =-0.0066 * UCL (5) 
and 
2AP, 
CL
  
PACT 
Substituting for IL. and p.-, in (5) and (6) 
2AP *P     ^ 
Q = 0.0066 [- >l    S]Pp  J (7) pSTPlPSTP+AFlj 
Finally, 
• Q = 2.68 [AP1/(AP] + 407)]1/2 (8) 
where AP, is the reading on the manometer in inches of water and Q is 
the air flow rate in standard cubic meter per second. 
2. Feed and Removal Test Section 
This calibration is very similar to the previous one and was 
performed by Raissi [8]. The velocity profile in the pipe was found 
to be symmetric. The local velocity U. at each radial increment in 
the pipe is 
2g AP. 
PSTP 
Ui = ^ <9> 
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where pSTp 1s the standard condition density, and .'.P. 1s the local ki- 
netic pressure. The volumetric flow rate was found to obey the follow- 
ing relationship: 
Q = 0.156592/^j" (10) 
where AP, is in inches of water and Q in standard cubic meter per sec- 
ond. 
D. Solids Feed System 
The Petrocarb ABC feeder system is a conically shaped steel ves- 
sel (Figure 4) with a maximum capacity of approximately 330 kg of 
particles. The tank is filled from the top through a pneumatically 
actuated ball valve. When in operation, the vessel is usually pres- 
surized to 96.5 kPa. Air is used as the conveying medium for the 
solids from a mixing chamber in the bottom of the tank. The air flow 
rate is indicated by a Shutte-Koerting No. 3HCF rotameter. A 6.35 mm 
ball valve controls the flow of solids from the tank to the mixing 
chamber. During operation, air is continuously fed into the tank to 
sustain the required pressure in the tank. Several tests for calibra- 
tion and to determine the effects of tank pressure on solids flow 
rates were performed by Raissi [8]. It was found that for a constant 
tank pressure, solids flow rate is independent of"conveying air flow 
rate. 
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E.  Instrumentation and Kotor Drive 
A 152.4 cm (60 inches) Aerolab board manometer was used to measure 
pressure drops. The signal from the pi tot probe was measured on a 
Dwyer 254 mm (10 inches) inclined differential manometer. A General 
Radio stroboscope with a range of 110 rprn to 25000 rpm was set to the 
required speed of rotation and the angular speed adjusted by a Rockwell 
Ratiotroll speed controller. Both chambers were rotated with a 0.5 hp 
General Electric motor and a belt drive. A 20 kg capacity OHaus tri- 
ple beam balance was used to weigh the material for each experiment. 
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III.    BATCH OPERATIONS 
A. Overview 
Several batch mode studies were previously performed on centrif- 
ugal fluidized beds [7,8] where the effects of bed mass and speed of 
rotation on fluidization were studied. The present investigation in- 
volves the study of the effects of particle size distribution and den- 
sity on fluidization. Data were obtained with plastic and glass bed 
materials of different size distributions, and the experiments were 
performed with different speeds of rotation and bed masses. Experi- 
mental results are compared to the theoretical model developed by N. 
Martin [7]. Additional tests on bed expansion were also performed 
and these results are compared to the same model. 
B. Theory 
In a bed of packed particles, as the air flow rate increases, the 
bed pressure drop increases until fluidization occurs. Beyond fluid- 
ization, the bed pressure drop is found to be independent of air flow 
rate. A typical curve relating pressure drop to air flow rate is 
shown in Figure 5. Curve AB denotes the packed region. At B, incip- 
ient fluidization occurs with a corresponding air velocity U ,, and 
voidage e*.    Between B and C the region is fully fluidized. At C, 
material loss begins; and elutriation continues until enough particles 
are carried from the system to cause an appreciable decrease in bed 
pressure drop. 
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For a conventional bed the packed bed pressure drop is given by 
the Ergun equation [10]: 
*£9     mpH-^-u   ,1-75(1 -c)    -t    „, (n) 
L
   
c
        
£
      <*sap)' r        c      («sap) r 
For a centrifugal bed, this is 
dP=J50(l-c)2        Hf ,  1.75(l-c)      pf      u2 
^       ^(*a)2  r        "uai  r 
where 3    is the average particle diameter given by [10] 
U    is the radial velocity of the air 
and <j>    is the sphericity of the particles 
, Surface area of a sphere    .   ..     . , 
♦s = Surface area of a particle both at same vo1ume 
(12) 
ap. „[ {   (x,V ] ,13) 
Ur = M ir/(pf 27irH) (14) 
The pressure drop across a packed bed with inside and outside radii 
of r< and r   is [11] 1 o 
11 
PB
   ej(«sap)2 f ° °    ° 1       c>«sap   f ° ° 
x (J- - JL) (15) 
ri  ro 
with the following assumptions applying: 
- negligible axial air velocity % 
- uniform radial velocity along the height of the bed 
An analytical model which determines the shape of a fluidized centrif- 
ugal bed, the average bed pressure drop and the minimum fluidization 
velocity was developed by Levy et al. [11] and refined by Raissi [8], 
which gives the average bed pressure drop, AP™ = 'Vpd^/^H and the 
nondimensional minimum fluidization velocity Re p 
300(l-c)Un(ro/ri)       3.5[(r /r^-1] 
63
 
=
 ^[l-(r./roH ReMF + e'^d-dyr^J ReMF        (16) 
with 
p    u2r 33 
Ga = (_§._ 1) _o_P_ (17) 
Pf     
vf 
and 
U ,3 
ReHF . J*-6 (18) 
For thin beds, this expression reduces to 
•12- 
- _ 150(1 -G) 0Q      . 1.75 - n<n 
Ga
 "  e^  ReHF + »pReHF (19) 
A computer program developed by N. Martin [7] involving all the pre- 
viously mentioned equations, determines the grid pressure drop, bed 
pressure drop, bed thickness, and minimum fluidization velocity as a 
function of axial location in the bed. The experimental results ob- 
tained in this study are  compared to Martin's results. 
C. Experimental Procedure 
1. Bed Pressure Drop 
For each test, angular velocity and bed mass were kept con- 
stant, the variables being air flow rate and static pressure drop. 
The air flow rate was adjusted independently and the corresponding 
pressure drop recorded. This total pressure drop is related to the 
bed pressure drop by 
APT = APG ♦ APBe(j (20) 
To calculate the grid pressure drop, initial tests were performed with 
no material in the chamber (M. . = 0) and a relationship between the 
grid pressure drop (APQ) and air flow rate established. The grid pres- 
sure drop was found to be slightly dependent on environmental condi- 
tions (temperature, moisture), thus warranting a periodic check on it 
during experimentation. Figure 6 shows that grid pressure drop does 
not depend on angular velocity. In the theoretical model used, the 
-13- 
grid pressure drop was £P- = K,v ♦ K^v3  where K. and *L are experimen- 
tally determined constants depending on the physical characteristics 
of the chamber, the air flow rate and its corresponding pressure, v 
is the radial velocity of the incoming air: v = Q/Z-Mr where Q is the 
volumetric flow rate. 
Technical quality glass and styrene spheres were used as bed 
material. The glass has a density of o = 2467 kg/mJ and plastic, a 
particle density of o = 1055 kg/mJ. Approximately 14 kg of the plas- 
tic material was sieved and the size distribution (Figure 7) measured 
using a set of A.S.T.M. certified sieves. The mean particle diameter 
using [10] 
a   ■ 1/ I     (x/dj 
,J, "        alt 1   "  1 
was found to be 3    = 713 um.    Some of the experiments were performed 
using the wide size distribution shown in Figure 7; while other ex- 
periments were performed with a narrow distribution of plastic in the 
range 710 < d    < 840 with the mean size 3    = 775 um.    Glass with a P P 
narrow size distribution and a mean diameter 3    = 414 um was also used 
for some of the experiments. 
The following tests were performed for three different angular 
velocities u> = 20.94, 31.42, 41.89 rad./sec (200, 300, 400 RPM) for 
the following bed masses. 
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Plastic with 3 = 713 un (wide size distribution) 
P 
/  \ 
0.68 
m bed < >g 
1.36 
2.04 
3.18 
V  / 
Plastic with 3 = 775 um (narrow size distribution) 
/  \ 
0.68 
m bed ■< 
1.36 
)kg 
2.04/ 
4.31 
\  / 
Glass with 3 = 414 pm (narrow size distribution) 
u) = 20.94 rad./sec and m. . = 0.68 kg 
0.68 
OJ = 31.42 rad./sec and m. . = 1.36 kg bed 
2.04 
uj = 41.89 rad./sec and m. . = 0.68 kg 
In all of these experiments, the chamber was brought to the required 
angular speed, and the bed was fluidized to the point of initial 
elutriation. Plenum pressures were then recorded as the air flow was 
decreased. 
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2. Bed Expansion 
Tests were also conducted to observe bed expansion between the 
packed and fluidized states. These tests were performed using the 
plastic bed material with a mean diameter of 775 un. pie bed expansion 
experiments were performed with bed masses of 1.36 and 2.04 kg and 
angular velocities of 20.94, 31.42 and 41.89 rad./sec. Here, the bed 
was brought up to speed and then to fluidization until entrainment 
started. The air then was gradually shut off, collapsing the bed to 
its packed state.  In this case the data were recorded with increasing 
air flow rates. This is in contrast to bed pressure drop experiments 
where all data were obtained with decreasing flow rates. This was 
done to obtain a conservative estimate of the thickness due to the re- 
arrangement of particles during shut down giving a compact bed. The 
ease of measurement was also a reason in this procedure. 
Two sectors of a circle graduated to the nearest 5 mm were 
fastened to the top and bottom end walls to facilitate the thickness 
measurements. The thickness readings were made with the aid of a 
strobe light synchronized to the speed of rotation of the chamber. Be- 
cause of gravity effects and the grid taper, bed thickness varies ax- 
ial ly from top to bottom end wall. 
Due to the difference in phases on the bed, three measurements 
were taken (Figure 8). Initially the packed state thickness was meas- 
ured, then the fluidized thickness and finally an average of bubble 
sizes was recorded; all the measurements were taken with respect to 
the grid. 
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3. Turndown 
A single experiment illustrating the range of turndown of the 
system was performed using plastic bed material with  the narrow size 
distribution (3    = 775 um).    Air flow rate and angular velocity were 
reduced simultaneously as  the bed was taken through a series of flu- 
idized states.    The speed of rotation was reduced from 41.89 rad./sec 
to 20.94 rad./sec passing through several  intermediate values. 
4. Determination of Void Fraction 
The void fraction e used in the theoretical model is the void 
fraction found experimentally. A volume of particles was poured into 
a graduated container, and the particles were loosely packed with their 
free surface remaining horizontal. Water which was added to the par- 
ticles passed between the interstices until it reached the same level 
as the particles. 
The void fraction is the ratio of the volume of water added to 
the total volume. 
-3 3 Volume of water added _ 1.35x10   m       n «q 
E
 Total  volume 3.5xl0-3m3    ' Q-" 
D.    Results 
The experimental results collected were compared to the model de- 
veloped by Martin. The results are expressed as a relationship be- 
tween the bed pressure drop and the volumetric air flow rate. The 
-17- 
void fraction used in the model is the experimental void fraction 
c = 0.39 giving the curve of best fit. 
The effect of bed mass for different densities and size distribu- 
tions is shown to demonstrate agreement between theory and experimental 
results (Figures 9 - 16). The fluidized bed pressure drop 1s directly 
proportional to the bed mass for a constant angular velocity. For a 
doubling of the bed mass, a doubling of the fluidized bed pressure is 
expected; and it occurs experimentally. Figure 16 compares the results 
obtained for glass spheres to the plastic  .n a narrow size distribu- 
tion (3 = 775 ym) for a constant angular velocity and different bed 
bed masses.  In the fluidized region, pressure drop does not depend on 
particle size distribution or density. AP™ was found experimentally 
to depend solely on bed mass. The differences observed in the packed 
region are due to the different size distributions of the two samples. 
Figures 17 and 18 give an illustration of the variation of pressure 
drop for a constant bed mass and varying angular velocity. Again, ex- 
perimental results do agree with the theoretical prediction, and the 
fluidized bed pressure drop is observed theoretically as well as ex- 
perimentally to vary as a square of the angular velocity. The slight 
differences between the curves for constant angular velocity (Figure 
18) are due to different experiments yielding different average bed 
masses between the initiation and conclusion of the experiments. Re- 
sults on the effect of size distribution for varying angular velocity 
and constant bed mass (Figures 19 - 21) show the applicability of the 
model used for a broad range of applications. 
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A deviation from theory occurs in the neighborhood of U ,. Flu- 
idization is not observed to occur as sharply as predicted and the ex- 
perimental results indicate the existence of a transition region in 
this neighborhood. This is partly due to the existence of a wide 
spectrum of particle sizes where the smaller ones fluidize first. A 
broader size distribution would be expected to give a larger transi- 
tion region. In the fluidized state, all effects of size distribution 
vanish, and the pressure drop is independent of size distribution. 
Nondimensional minimum fluidization velocity is plotted versus 
Galileo number in Figure 22 for different particle densities, size 
distributions and bed thicknesses. Generally good agreement is ob- 
tained between the theory (Equation 16) and experiments over the range 
of conditions tested. 
In the bed expansion experiments (Figures 23 - 28), the model pre- 
dicts the thickness in the packed state and does not apply beyond 
minimum fluidization. The model used assumes a certain independence 
between thickness and air flow rate, with the existence of a relation 
with the axial height. Thickness does vary axially due to wall taper 
but th/is dependence is far less important than the dependence on air 
flow rate. Two different phenomena were seen to occur; initially, be- 
fore opening the air valve the thickness varied uniformly from bottom 
to top. With increasing air flow rates, bed expansion began non-uni- 
formly with respect to the axis of rotation until bubbling started. 
Bubbles moved randomly from the grid to the surface of the bed, trans- 
porting with them some particles, to collapse at the bed surface. Be- 
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cause of the random aspect of bubbling, it was difficult to measure 
bed thickness in the bubble phase. The dependence of bed thickness on 
angular velocity was found to agree with the theoretical prediction. 
At low angular velocities, the bed was thicker at the bottom than at 
the top, while at high velocities (41.89 rad./sec), the thickness was 
greater at the top than at the bottom. 
A useful operational feature of the CFB is its ability to be oper- 
ated over a wide range of air flow rates. To demonstrate this proper- 
ty, an experiment was performed (Figure 29) where both angular veloc- 
ity and air flow were varied. The experiment was initiated at 47 rad. 
/sec and 0.42 SCMS, the maximum flow rate available from the compres- 
sors. The air flow rate and angular velocity both were reduced along 
the path shown in the figure to an end point of 20.9 rad./sec and 0.13 
SCMS. This represents a turndown range of over 3/1, and even wider 
variations in air flow rate would have been possible with a larger ca- 
pacity' air supply system. 
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IV. CONTINUOUS FEED AND REMOVAL 
A. Overview 
Intensive mixing of the solid material can occur in fluidized 
beds. Mixing assists some processes and hinders others and has a very 
important effect on heat and mass transfer and chemical reactions. A 
centrifugal fluidized bed combustor would be operated with coal, lime- 
stone or dolomite and air. For this case, vigorous mixing causes good 
contact between the SOo and limestone, helping to create a higher rate 
of SOp capture. 
This investigation is concerned with the mixing of bed material 
under continuous feed and removal conditions. A binary mixture of 
known composition is continuously fed into the rotating chamber while 
solids removal occurs. Under some conditions, partial stratification 
of particles according to densities and sizes occurs. The particles 
fed have similar densities as coal and limestone, while their sizes 
varied from case to case. Withdrawal was performed at several radial 
positions for different bed thicknesses and air flow rates so as to 
determine the residual bed composition after steady state was reached. 
B. Experimental Procedure 
The procedure followed in the feed and removal experiments con- 
sists of the following steps: 
1. Pressurize the feed tank to approximately 96 kPa. 
2. Set the speed of rotation to 31.42 rad./sec. 
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3. Adjust the air velocity to the desired fluidizing flow rate. 
4. Set the conveying air flow rate as indicated on the rotameter 
on the feed tank to the desired value. 
5. Open the feed valve at the bottom of the tank at time t ■ 0. 
6. Record the bed pressure drop every 30 seconds until steady 
state is reached and pressure drop stabilizes. 
7. Shut off the feed and conveying air and record time t,. 
8. Operate the system for two minutes without feed and record 
the final pressure. 
9. Turn off the fluidizing air valve and bring system to rest. 
10. Collect and weigh the residual material in the chamber and 
determine composition. 
11. Collect and weigh material in discharge bin. 
This procedure was performed repeatedly for a constant angular veloc- 
ity OJ = 31.42 rad./sec. Two conveying air flow rates were used. Ex- 
periments were(performed at several values of fluidizing air veloc- 
ity to determine the effect of air flow rate on mixing and segrega- 
tion. 
The radial location of the solids withdrawal point was varied 
from test to test either by changing the lengths of the discharge 
tubes, varying the solids flow rate, changing the tube discharge area, 
or by some combination of the above. In all the tests, two of the 
six removal holes were left open with the rest plugged to prevent ma- 
terial flow. The open tubes were located at diametrically opposite 
points at the middle axial position on the grid. At a speed of ro- 
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tatlon of 31.42 rad./sec, the bed is relatively uniform in thickness at 
all axial positions. 
Three different mixtures of glass and plastic with different size 
distributions were used in the experiments. The first mixture (Figure 
30) consisted of narrow distributions of glass and plastic with mean 
diameters for the glass (3 = 414 um) and plastic (3 = 605 um) which 
were relatively close to each other. Mixture two had two wide size 
distributions with mean diameters of 261 um for the glass and 764 um 
for the plastic (Figure 31). Finally, mixture three had overlapping 
size distributions with mean diameters of 440 um for the glass and 
713 um for the plastic (Figure 32). For the three cases, the feed 
ratio of glass to plastic was kept constant, M  = m /m = 2.4. The 
respective densities of glass and plastic are p = 2467 kg/ms and 
p = 1055 kg/m3. 
The discharge configurations used appear in Figure 33 for each of 
the mixtures used. The solids were thoroughly mixed before they were 
top loaded into the feeding tank. After each test, the material was 
recycled and used again. 
C. Theory 
No well established model is available in the'literature for feed 
and removal in a centrifugal fluidized bed; and no known theories are 
available for calculating the detailed radial distribution of parti- 
cles in a multicomponent bed. Kroger developed a criterion for ra- 
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dial segregation by particle size and density [12]. Several experi- 
mental observations have been noted on the mode of mixing and strati- 
fication for homogeneous and binary mixtures. 
The degree of segregation and stratification is strongly dependent 
on the size distribution and density of the particles. The migratory 
motion,of the particles is due to the difference between the centrif- 
ugal forces which tend to contract the mixture and the drag force try- 
ing to expand it. Since both forces are dependent on the density and 
average particle size as well as the angular velocity of the chamber; 
the high dependence of stratification on these factors is obvious. 
The frictional drag through the bed is given as    ^ 
dp   150(l-c)yr  1.75(1-e)pfU^ _ 
^'d ^ ^ ' ' 
Counteracting this force is the pressure drop due to the motion of 
the particles in the centrifugal field 
§)    = (Ps-pf)0-e)ap (22) 
Since Ps/Pf  » 1 and a = u)2r; Equation (22) reduces to 
£)    = PsO-e)o;2r (23) 
Interest lies in the region closest to the grid since bed material 
packs first on the air distributor as the air flow rate is reduced, 
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For this reason, all the variables used in Equations (21) and (23) 
are to be evaluated at r = r , the outside radius of the chanter. 
Writing the force balance on the particles, the condition for equi- 
librium for an infinitesimal element in the bed is 
150(l-e)2p,     1.75(l-e)p, 
cW        Ur +    c>d K    " *sU-&\ <*«> p    o       p    0 
In a mixture of particles of different densities and sizes, Equation 
(24) can be used to determine which will settle on the distributor and 
which will form the freeboard-interface annulus. For similar particle 
size distributions, it is expected that the denser component will have 
a larger centrifugal force and will move towards the grid with the 
lighter material moving towards the freeboard. If the lighter mate- 
rial has particles which are much larger than those of the denser com- 
ponent, a reversal of the above behavior occurs, with the lighter ma- 
terial collecting at the grid. 
This behavior is expected to be sustained for flow rates in the 
neighborhood of minimum fluidization. With increasingly large air 
flow rates, radial mixing increases. This tends to decrease radial 
variations in bed composition. Bath et. al. [13] determined a cri- 
terion for perfect mixing in a binary mixture in a conventional one 
"g" bed 
A rs        1'62 dH   p. pu 
» = (_L)   with 1.6 < -£< 3 (25) 
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where H and L refer to the heavy and light components. The same kind 
of relationship can be derived for a rotational bed. 
D. Results 
The results obtained in this investigation are mostly qualitative. 
Three sets of results are shown (Figures 34 - 38) relating the resid- 
ual composition of the bed material, expressed as mass ratio of glass 
to plastic remaining in the bed at the termination of the experiment, 
to air flow rate. In these experiments, the feed ratio was held con- 
stant at m /m = 2.4. As the penetration of the discharge tubes was 
varied, the bed thickness varied in the same direction. 
For mixture one (Figure 30) and a short penetration tube (Figure 
34, Curve A), a thin bed was established while removal took place at 
the inner surface of the bed. As M  = m /m varied from 6.75 to 3.0, gp   g' p 
plastic was discharged in larger quantities, relative to the mean bed 
composition, than glass which was concentrated towards the grid. 
For the same tube configuration, the discharge area was reduced by 
half to establish^ thicker bed causing removal to take place at the 
center of the bed (Figure 34, Curve B). Under this condition, M  is 
significantly smaller varying from 4.4 to 2.4 denoting an Increase in 
plastic in the residual mass. 
With the tube 2.54 cm inside the bed which varies in thickness be- 
tween 2.54 cm and 3.75 cm and the full discharge area open, M  was 
found to vary from 6 at low flow rate to 2.75 at high flows (Figure 
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34, Curve C).  In this case the tube opening was near the free surface 
of the bed; and the results confirm the fact that plastic is concen- 
trated at the free surface. In the last configuration (Figure 34, 
Curve D), the discharge tube was flush with the air distributor with a 
discharge area reduced by half to sustain a thick bed. This was done 
to permit removal of material concentrated at the grid. As expected, 
glass was mostly removed and M  varied from 0.75 to 2.4. 
Operating slightly above fluidization, segregation does occur as 
indicated by values for M  which are.significantly different from the gp 
feed ratio of 2.4. These results indicate that near minimum fluidiza- 
tion, a radial concentration profile exists in the bed, with the glass 
concentrated near the grid and the plastic near the freeboard-bed in- 
terface. For higher fluidizing velocities, mixing due to bubbling be- 
comes more vigorous. This reduces the radial variations in composi- 
tion, leading to a more uniform bed material. This is shown by the 
asymptotic approach of the data to a composition of 2.4. 
All the previous tests were run at constant angular velocity for 
overlapping particle sizes. A second set of tests was run with the 
particle size distribution shown in Figure 31. Initially, the dis- 
charge tube was kept at zero penetration with the flow area reduced by 
half. M  varied from 4 to 2.3 (Figure 35, Curve A), indicating that 
the particles removed were plastic and were concentrated near the grid. 
For the case where the tubes penetrated 2.54 cm and the bed thickness 
was of the same order, M  varied from 1.5 to 2.4 (Figure 35, Curve B) 
showing that glass was forming the inner annulus and that plastic was 
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selectively forced to the outer surface. The radial concentration 
profile for this mixture is the inverse of the latter mixture with 
the bed behaving similarly at low and high flow rates where bubbling 
occurs and vigorous mixing is induced. 
A set of tests was performed using the size distribution 1n Fig- 
ure 32. The discharge tubes were 2.54 cm into the bed with the flow 
area reduced by half. M  varied between 3.1 and 2.3 showing that the 9P 
particles were thoroughly mixed for all  flow rates  (Figure 38). 
The behavior of each mixture for the same discharge configurations 
appear in Figures 36 and 37.    The solution of Equation (24) for U 
o 
will determine the order of packing of both components when the air 
flow rate is reduced.    The solution of Equation (24) for a constant 
angular velocity w = 31.42 rad./sec is of the form: 
ii      -      1.71x10 4 ^   , 2.94x10 8 x A CA      T /,,x U      = +/ +4.54pd (26) 
r
'o P P p 
For each mixture, the smallest and largest existing particle di- 
ameter will be used in Equation (26) with its respective density; thus 
determining the order of packing. In mixture one, glass particles 
vary between 300 <  d   <  500 urn and the plastic between 500 <_ dp , 
<_ 700 ym. U  obtained for the glass varied from U  = 1.26 m/sec 
o o 
for d„  = 300 pm to U  = 2.02 m/sec for d„  = 500 urn. It is obvi- 
Pgl ro pgl 
ous that the largest glass particle will pack first followed by the 
smaller ones. Comparing the behavior of glass with plastic of the 
same mixture, U  =1.21 m/sec for d   = 500 un and U  =1.59 m/sec 
ro Ppl ro 
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for d   = 700 un. From the numerical values obtained for U , it is 
ppl ro 
established that glass packs first at the grid followed by the plastic 
at the inner surface (Figure 36, Curve A). Mixture two, with 150 
< d„  < 325 um for the glass and 500 < d   < 950 un for plastic was 
" 
pg2 - ' Pp2 - 
shown to behave differently than mixture one. For glass, U  = 0.16 
o 
m/sec for d   = 150 um and U  =1.38 m/sec for d   = 325 urn. For 
pg2 ro pg2 
plastic, U  = 1.21 m/sec for d   = 500 un and U  = 1.95 m/sec for 
o pp2 ro 
d   = 950 urn. Here, plastic starts packing while the glass is still 
pp2 
fluidized. An identical analysis is performed for mixture three with 
glass having 300 < d   < 575 urn and plastic 300 < d   < 950 um. The 
" 
Pg3 " " pp3 " 
radial air velocities obtained are U  = 1.49 m/sec and U  = 2.24 
o o 
m/sec for glass and Up = 0.63 m/sec, Ur = 1.95 m/sec for the plas- 
o o 
tic. The numerical results demonstrate that packing starts with the 
largest glass particle followed immediately by the largest plastic 
particle causing packing to be uniform for both components. Experi- 
mental results obtained (Figure 38) do confirm this prediction as the 
values for residual bed composition are nearly the same as the feed 
composition. The numerical results obtained for this analysis are 
shown in Table 1. 
-29- 
V. FREEBOARD PRESSURE DROP 
A. Overview 
The flow in the freeboard region of a centrifugal fluidized bed is 
that of a confined vortex. Previous investigations on confined vortex 
flows were performed by Lewellen [14] who reviewed them for several 
practical applications and who investigated in conjunction with Rozen- 
sweig [15] the effect of boundary layer formation and their effects on 
vorticity. Smithson [16] studied the pressure characteristics under 
similar flow conditions. Despite the vast body of literature on the 
subject, little quantitative information exists that is useful for de- 
termining the pressure drop in a confined vortex flow of the type which 
exists in the freeboard region of a centrifugal fluidized bed. Ex- 
periments were performed with the batch apparatus operated without bed 
material, to measure freeboard pressure drop as a function of air flow 
rate, angular velocity, and exit diameter. The results are compared 
to Lewellen's potential flow analysis for pressure drop. 
B. Theory 
* 
This analysis, based on Lewellen's model [14], predicts the free- 
board pressure drop. The momentum equation for the flow in considera- 
tion reduces to Bernoulli's equation: 
P + \ (vj + v* + vp = po (27) 
where vQ and v2 are respectively the tangential and axial component of 
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the velocity and p 1s the uniform total pressure of the flow Into 
the chamber. At the chamber wall (grid) r = r , v = u:r and evalu 3 08 0 
ating Equation (27) at r = r   where v    is negligible, 
P0 • P(r0) ♦£ C(^rQ)2 + u*] (28) 
where u is the radial velocity across the grid. Introducing the cir- 
culation r = vr and the axial velocity at the exit region v,^ J 3   ze 
•«. ■ ^&? <*» 
where m is the mass flow rate into the chamber; r is the exhaust ra- 
dius and r  is the core radius. Substituting Equation (28) and Equa- 
tion (29) into Equation (27): 
= |AP (30) 
Lewellen introduces the following dimensionless variables 
a, kinetic energy lost due to swirl 
xc, core radius 
Q, normalized volume flow 
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xc - £ (32) 
e 
*-^<^> <33> 
Equation (30) is non-dimensionalized by substituting Equations* (3]), 
(32), (33) into it, after reduction Equation (30) becomes: 
Q = 0-x*)(l-a2/xi)1/2 (34) 
To maximize the flow within the core region,  5Q/3x    = 0 is solved for 
a which is satisfied for: 
«2 —TJ -7- 
V - 4- + / 76 + 2~ 
and Q becoming: 
0-xc>3/2   m   1  ]/2 
^(^■^^ (35) 
Solving Equation (35) for the air flow rate into the chamber as a func- 
tion of a and ^P, Equation (35) yields: 
-32- 
-r2 n . /2_ * J 3L_ * 2_ 
Q = _JL (2^P)'/Z { i 16   2  r-pr) (36) 
[1 + (J" W fg- ♦ f-) ] 
Lewellen showed the graphical relation between the dimensional vari 
ables he introduced. For the experimental analysis performed, an ex- 
plicit relationship between the volumetric air flow rate, Q, into the 
chamber and the freeboard pressure drop ^P was needed to compare ex- 
perimental results to the theoretical prediction. 
C. Experimental Procedure 
The apparatus used for this series of experiments is the same as 
the one used for the batch mode tests. Slight modifications were per- # 
formed with the use of a 2 degree taper angle grid instead of the orig- 
inal 4 degree grid. The top plexiglass lid was redesigned to permit 
easy removal and installation of the cover with varying exhaust diam- 
eters. . 
An initial test was run with the top end wall removed, to deter- 
mine the pressure drop caused by the grid assembly. The grid pressure 
drop - air flow rate relationship is shown in Figure 39. Since there 
is variation of the freeboard pressure with exhaust diameter, tests 
were performed to exhaust diameters of 5.08, 7.62, 10.16, 12.70 cm. 
Two groups of experiments were performed. Initially for a constant 
exit area and angular velocity, the air flow rate was varied and re- 
corded with the corresponding pressure drop. This was done for each 
exit area and different angular velocities from 0 to 41.89 rad./sec. 
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The second set of experiments involved, for a constant flow area, keep- 
ing the air flow rate constant and varying the angular velocity. 
D. Results 
The experimental results are  compared to the theory in Figures 39 
to 48. The relationship between freeboard pressure drop and air flow 
rate for different angular velocities and several exhaust diameters ap- 
pear in Figures 40 to 43. The solid lines denote the predicted pres- 
sure drop as found from Lewellen's analysis. Plotted experimental val- 
ues are the difference between the total pressure drop and the pressure 
drop due to the grid resistance (Figure 39). The theory predicts a 
minimum pressure drop for the case of no flow and is given by 
pU)2ro AP   = 
e 
and is due to the free vortex flow. Considerable differences between 
the theory and the experiments exist. These differences are minimal 
for large exhaust areas where the effect of angular velocity on the 
freeboard pressure drop is vanishingly small. The overall trend of 
the pressure drop is consistent with Lewellen's analysis. It is in- 
teresting that at low air flow rates, the data follow Lewellen's re- 
sults reasonably well. At high flow rates, the measured dependence of 
AP on the angular velocity is much less than predicted by the theory; 
and the theoretical and experimental results diverge. 
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Freeboard pressure drop is also plotted as a function of angular 
velocity for several  flow rates and exhaust diameters  (Figures 44 - 
47).    The behavior of the system is the same as ment1oned*previous1y, 
and some discrepancies between the theory and experimental  results are 
more visible.    At low angular velocities, below 10.47 rad./sec (100 
rpm) and more particularly when the chamber is stationary, experimental 
pressure drop is larger than the predicted value.    On the other hand, 
at larger speeds of rotation, the theory overpredicts the pressure drop. 
An unexpected behavior appears for angular velocities of about 10.47 
rad./sec, where a small dip in the pressure drop occurs.    Finally the 
effect of exit radius on freeboard is shown for several  flow rates 
(Figure 48).    As expected,  the pressure drop decreases with increasing 
exit radius until  freeboard pressure drop goes to zero and the total 
pressure drop is due to the resistance of the grid. 
No precise explanation can be given for the observed behavior of 
the flow and its deviation from Lewellen's theory until measurements 
are made of the velocity profiles and flow patterns.    Possible mechan- 
isms  include uncertainties in tangential  velocity at the grid and real 
fluid effects within the chamber.    Slip of the fluid through the grid 
such that vn(r ) < wr   would cause the pressure drop to be lower than 0     0 0 
predicted. This situation could be corrected by passing the incoming 
flow through honeycombs which rotate with the grid. The analysis as- 
sumes the tangential velocity distribution is that of a free vortex. 
If this were incorrect, it would also lead to discrepancies between 
theory and experiment. In addition, the existence of flow reversals at 
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at the center of the bottom end wall might cause the pressure drop to 
be lower. 
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VI. SUMMARY 
An experimental investigation of a centrifugal fluidized bed was 
performed. The study consisted of the batch mode operation of the 
bed, mixing and segregation in a continuous feed and removal system 
and the fluid mechanics inside the bed. 
Emphasis was on the effect of particle size distribution and den- 
sity on pressure drop, minimum fluidization, mixing and stratification. 
The effect of size distribution on pressure drop in the packed region 
agreed with theory. Fluidized bed pressure drop was found to be inde- 
pendent of both density and size distribution. Minimum fluidization 
is represented by a transition region instead of a singular point. 
The width of the transition region increases with the width of the 
size distribution of the bed material. 
The mixing of binary mixtures under continuous feed and removal 
condition was also studied. Results obtained relate residual glass to 
plastic in the bed to air flow rate for different size distributions, 
densities, and discharge configurations. The radial concentration 
profile was determined for each case. 
Finally, the fluid mechanics of the flow inside the chamber was 
investigated and the results were compared to an irrotational con- 
fined vortex model which is similar to that occurring in the freeboard 
region. The results obtained are in qualitative agreement with the 
model. More experimentation is needed to complete the understanding 
of the flow behavior. 
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VII.  RECOMMENDATIONS FOR FURTHER WORK 
The investigation performed on minimum fluidization and bed pres- 
sure drop is a confirmation of results previously obtained as well as 
a demonstration of the applicability of the theoretical model to a 
wide range of operating conditions. More work needs to be done on bed 
expansion, with the development of a theoretical model which includes 
bubbling effects. 
Further work is needed to reach a better understanding of the mix- 
ing phenomena in a rotating bed. Radial mixing should be studied for 
a wide range of angular velocities and discharge configurations. In 
addition to radial mixing, tangential and axial mixing should be in- 
vestigated as they are an integral part of the overall mixing activity 
in a fluidized bed. 
The fluid mechanics of a CFB are not well understood. More ex- 
perimentation is needed in this area and a thorough study of the flow 
patterns, velocity distributions and the interactions of boundary lay- 
ers with the flow would be desirable. 
The next logical step would be to use all the gathered information 
to operate a centrifugal combustor with coal. 
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